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The nature of fluidization and the behavior of particles in a centrifugal field are
discussed. Powders are classified into four groups (A, B, C, and D) following Geldart
based on their fluidization behavior. A simple general model, agreeing with conven-
tional fluidized beds and usable for variable “*g,” is proposed to determine the transition
boundary between group A and C particles. The general model for conventional flu-
idized beds by Foscolo and Gibiloro was used to determine the boundary between group
A and B particles, and the semiempirical equation of Molerus for the boundary between
group B and D particles in a centrifugal field. Theoretical analysis showed that group A
particles can shift to group B, and group C particles can shift to group A under a
centrifugal force. Therefore, certain group C particles can be fluidized in rotating flu-
idized beds. For very high “g,” however, such particles shift to group D and cannot be
fluidized. Experiments in a horizontal rotating fluidized bed under different ‘g forces to
check the theoretical analysis confirmed that Geldart group C particles (7 wm alumina),
which cannot be fluidized in a conventional fluidized bed, can fluidize in a rotating
fluidized bed operating at a sufficiently high rotating speed to shift them into group A or
B. Similarly, in a series of experiments in a rotating fluidized bed, group A particles
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behaved as group B.

Introduction

Fluidized beds have many advantages over other
solids/fluid processors, such as high heat and mass-transfer
rates, temperature homogeneity, and high flowability of par-
ticles. Therefore, the behavior of fluidized solid particles has
been studied and reported in the literature for over 50 years.
Fluidized beds have found many industrial applications; the
overwhelming majority of these applications involve gas—solid
systems. Fluidized beds are used in industry for physical pro-
cesses like drying, filtration, or agglomeration (coating and
granulation), as well as for catalytic and noncatalytic chemi-
cal reactions such as cracking of hydrocarbons, combustion of
solid fuels, and roasting of ores. Depending on the process
requirements, the particle size of the solid material ranges
from under 100 microns for catalytic cracking of hydrocar-
bons to up to several millimeters for drying of wheat in
spouted beds. From experimental observations it has been
shown that the fluidizing behavior changes drastically within
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the broad range of particle sizes and different fluids used in
industrial applications.

Early on, Wilhelm and Kwauk (1948) described the stabil-
ity of a fluidized bed of solids fluidized with either a liquid or
a gas. Two modes of fluidization, termed particulate and ag-
gregative fluidization, were observed, depending on the value
of the Froude number, UZ./(gd,). Particulate fluidization,
which was obtained in solids—water experiments, is character-
ized by the separation of individual particles much the same
as the molecules of a gas. It is a nonbubbling, homogeneous
fluidization. By contrast, in aggregative fluidization observed
in solids—air experiments, the particles tend to remain aggre-
gated, more closely resembling a liquid than a gas. Gas rises
through the bed mainly in the form of bubbles, and the sys-
tem is heterogeneous. Jackson (1963) developed constitutive
equations for both the gas and particle phases that showed
that an ideal fluidized bed is always unstable if there are no
interaction forces between the particles. Rietema (1973)
showed that the cohesive force between particles in contact
could stabilize the fluidized bed. According to Geldart (1973),
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with gas—solid fluidized systems one has to distinguish be-
tween four types of powder designated as groups: A, B, C,
and D. The distinction between these groups of powder is
related to the different fluidization behavior observed for
each type of powder.

Many studies have shown that the interaction between par-
ticles and between the fluid and the particles are closely
linked to the fluidization quality. Mutsers and Rietema
(1977b) performed experiments using two different gases
(nitrogen and hydrogen) having different densities and vis-
cosities. They also were able to achieve different effective
gravity forces (up to 20 ““‘g”) by carrying out their experiments
in a large centrifuge, but reported experimental results only
up to 3.07 “g.” They found that the dense-phase porosity and
the bubble-point porosity in freely bubbling beds is influ-
enced not only by hydrodynamic effects, but by interparticle
forces as well. They also concluded that the effective gravity
has an effect on the fluidization stability and is related to
fluidization quality.

Generally, fluidization stability and quality is a function of
particle size and density, fluid viscosity and density, and drag
force, cohesive force, and gravity force. The gravity force is
clearly a very important factor, but because almost all flu-
idization experiments have been conducted in vertical grav-
ity-driven beds (1 “g’), we have not seen any references in
the literature analyzing the effect of gravity on particle flu-
idization stability and quality. This article shows the effect of
a variable acceleration field (‘“‘gravity’) on the Geldart pow-
der classification and analyzes the fluidization quality at dif-
ferent g forces. A simple semitheoretical equation, which is
in agreement with the literature for conventional gravity-
driven fluidized beds, is proposed to determine the boundary
transition between group A and group C (group A/C) parti-
cles, and it is then applied for different “g.” The general
model, which was developed for conventional fluidized beds
by Foscolo and Gibilaro (1984), is used to determine the
boundary transition between group A/B particles. The
semiempirical equation of Molerus (1982) is used to deter-
mine the boundary transition between group B and group D
particles in a centrifugal field.

Powder Classification in a Conventional
Gravity-Driven Fluidized Bed

This section reviews the previous work on powder classifi-
cation in gravity-driven gas—solids fluidized beds. In addition,
a new semitheoretical equation is presented for the transition
from Geldart group A to group C particles.

Geldart’s powder classification

Geldart (1973), in his well-known classification of solids
fluidized by gases, empirically found that the behavior of solid
particles with respect to their fluidizing properties falls into
four groups: A, B, C, and D. These groups are characterized
by the mean particle size (dp) and by the density difference
between the particles and the gas ( p, — py).

Geldart observed that:

e Powders in group A exhibit dense phase expansion after
minimum fluidization and prior to the commencement of
bubbling. When the gas supply is suddenly cut off, the bed
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collapse very slowly. All bubbles rise more rapidly than the
interstitial gas velocity.

e Powders in group B bubble at the minimum fluidization
velocity. Bed expansion is small and the bed collapses very
rapidly when the gas supply is shut off. Most bubbles rise
more rapidly than the interstitial gas velocity.

e Powders in group C are difficult to fluidize at all, since
the interparticle forces are greater than those that the fluid
can exert on the particles.

e Powders in group D can form stable spouted beds. Only
the largest bubbles rise more slowly than the interstitial flu-
idizing gas, so that gas flows into the base of the bubble and
out from the top of the bubble.

In most applications of fluidized beds, maximal heat and/or
mass transfer between the fluidizing gas and the bed solids is
desired. Such transfer is optimal in beds that are uniformly
fluidized and not bubbling. For this reason, the fluidization
obtained using group A particles is preferable to that using B
particles, and both are superior to that realized with group C
and group D particles. This ranking forms the basis for our
discussion of fluidization quality.

Rietema (1984) pointed out that Geldart’s classification is
correct only when operating at normal temperatures and
pressures and in the earth’s gravitational field. Other factors,
which must be taken into account, include cohesion, gas vis-
cosity, the adsorption of gas on the particles, and gravita-
tional acceleration. Rietema concludes by saying: “A certain
powder which shows A-powder behavior might show B-
powder behavior when the effective gravitation is increased
or a gas of lower viscosity is used. Similarly, a powder, which
shows C-powder behavior, might evince A-powder behavior
when a gas of higher viscosity is used.”

Criterion for the transition between group A and group C
particles

Geldart (1973) defined powders that are in any way cohe-
sive to belong to group C. Normal fluidization of these pow-
ders is extremely difficult; the powder lifts as a plug in small-
diameter tubes and channels (rat-holes) badly, with the gas
passing up through voids extending from the distributor to
the bed surface. This difficulty arises because the interparti-
cle forces are greater than the drag force that the fluid exerts
on the particle. The interparticle forces are generally the re-
sult of very small particle size (van der Waals forces), strong
electrostatic charges (Coulombic forces), or the presence in
the bed of wet or sticky material (capillary forces). Geldart
presented only an empirical curve (with no defining equa-
tion) to distinguish between group A and C particles in his
classification.

Molerus (1982), derived a semiempirical equation to de-
scribe the transition between group A and C particles assum-
ing that the product of the Euler number for fluidization and
the Reynolds number is a constant ( = 5.0) for small Reynolds
numbers and the voidage, € = 0.5. However, it is uncertain
whether this equation can be extended to different accelera-
tions. Therefore, in order to analyze the behavior of the tran-
sition between group A and C particles under a centrifugal
field, a new semitheoretical equation will be developed.

The critical difference between group A and C particles is
that group A particles can be fluidized individually, whereas
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group C particles will tend to agglomerate because of inter-
particle cohesive forces and can be fluidized only as agglom-
erates. Therefore, we will focus on a single particle inside the
bed, which is acted upon by a drag force, a gravity and buoy-
ancy force, and a cohesive force. We will analyze each of
these forces separately below.

Drag Force. If the relative velocity between a single parti-
cle and the surrounding fluid is u and the drag force on the
particle is Fg, then the drag coefficient, Cp, is defined by

py U2 de
2 4 @

Fa=Cp

At the terminal velocity, u,, for a single falling particle, the
drag force is balanced by the net force due to gravity and
buoyancy, giving

piu2 wd?2  gdd

Fat = D%szTp(pp_pf)g' (2)

Khan and Richardson (1990) have shown that if a particle

is in a suspension of like particles supported by a fluid having

a superficial flow velocity, u, the drag force on a single parti-

cle in the suspension of voidage, e, is € *8 times that on a

single isolated particle. This applies to both the Stokes’ and
Newton’s law regions. Thus

prU? 7Td§
2 4

Fee =Cp e e ®3)

€

Gravitational force W, and buoyancy force W,,. When the
bed is in the fluidized state, it behaves as a fluid and the
density of the “fluidized bed” (solids and gas) is

pa=€p; +(1—€)py. 4
The buoyancy force W, on a spherical particle is given by

de de’
6 pag_ 6

W, = (eps+(1=€)pp) 0, ©)

and the “effective weight” of the particle is

Wm W, —wy = T, T
e 'Yy b 6 Ppg 6 (Epf ( E)pp)g
ﬂdg
=~ (Po=pP)ge, (6)

in agreement with Foscolo and Gibilaro (1984).

Cohesive Force. The dominant interparticle force be-
tween two particles is the van der Waals force. The van der
Waals force between two perfectly spherical and rigid parti-
cles of diameter d, and d, can be expressed as

c_ A d,d,
¢ 1262d,+d,’

(M
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where A is Hamaker’s constant, which, for most solids, an
average value of A=10"1%° J has been calculated (Rietema
et al., 1993). Here & is the distance between the two particles
and can be estimated to be between 0.15 and 0.4 nm (Krupp,
1967). Normally § is taken as 0.4 nm (lwadate et al., 1998;
Zhou and Li, 1999). If we assume that the particles have the
same size, d,=d, = dp, then Eq. 7 becomes

. A d,
¢ 1262 2°

®)

But the calculated cohesive force using Eq. 8 is extremely
high (Massimilla and Donsi, 1976; Rietema et al., 1993) when
compared to experiment. Most powders, however, have a
rather rough surface with many protuberances, generally
called asperities, with radii of curvature often not larger than
0.1 wm. Therefore, the value of d, in Eq. 8 should be re-
placed by the diameter of the asperities, | (Rietema et al.,
1993). This will reduce the value of the cohesion force and
make it much more realistic. Thus, the effective average co-
hesion force depends strongly on the surface structure of the
particles, that is, the size distribution of the asperities and
their surface density. Massimilla and Donsi (1976) suggest us-
ing a mean value of | equal to 0.2 um, so that Eq. 8 becomes

A Al

Fe 12522  248%° ©)

Transition Equation Between Group A and Group C.  Group
A particles can be fluidized individually. At the maximum
flow velocity, u,, (before the particles flow out of the bed) for
group A particles, Fy, >W, + F_, and for group C particles,
since the particles form agglomerates, F;, <W, + F,. Figure
1 is a conceptual representation showing all the pertinent
forces acting on a particle on the fluidized bed.

The transition equation can be expressed as

Fd5|u:um=We|u:um+ Fc|u:um- (10)

©
©

10

Figure 1. Conceptual representation for transition of
group A/C.
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If we substitute Egs. 3, 6, and 9 into Eq. 10, we obtain

2 42 3
psUpy, mdy md, Al
(pp=pr)ge+ 2. (11)

—48 _
6Ty T4 € 6

The maximum velocity before the particles flow out of the
bed is u,, = u,. At the terminal velocity u,,

2 2 3
psuy wdy o wdp
by g € =g (P p)lEt o (12)
Substituting Eq. 2 into Eq. 12 gives
de Cas Al
g (P PO —e) =3, (13)

which is the transition equation for group A /C particles. Here
A=10"%J 1=0.2 um, 8 =0.4 nm. The voidage for group
C particles is different for different materials, and € = 0.53 is
used here as an upper limit based on the measurement by
Chaouki et al. (1985) for aerogels. The voidage, €, for group
A particles is typically 0.4.

For a gas—solid system in a conventional fluidized bed, g =
9.8 m/s2. A plot of Eq. 13 for the voidage range, € = 0.53 and
e = 0.4, yields two straight lines on log paper with slope = —3,
as shown in Figure 2. This figure and all subsequent figures

are based on fluidization by air at ambient conditions. The
two straight lines bracket the empirical result of Geldart
(1973) and are in close agreement with the semiempirical
boundary lines for soft and hard particles of Molerus (1982),
which represent the transition of group A/C. Thus Eqg. 13 is
an excellent representation of the transition from group A to
group C without requiring the specification of any empirical
parameters. It should be noted, however, that Eq. 13 is sensi-
tive to the voidage, and the voidage will change with the par-
ticle size. For example, the voidage was found to be as high
as 0.67 for 1-um SiC particles (Zhou et al., 1999). Further-
more, in a centrifugal field, the voidage could be smaller than
in a conventional gravity-driven fluidized bed, since the cen-
trifugal force will tend to pack the particles closer together
Mutsers et al., 1977a).

We have replaced the particle diameter by the size of the
asperities in Eq. 13 to calculate the van der Waals cohesive
force, but for very fine particles (d, <0.2 wm), | should be
replaced by d,.

Criterion for the transition between group A and group B
particles

Foscolo and Gibilaro (1984) emphatically rejected the idea
that interparticle forces are responsible for the stabilization
of a fluidized bed at gas flows below that required to initiate
bubbling. Instead, they invoked the stability criterion pre-
sented by Wallis (1969) that bubbles occur when conditions

Eq. (13) Foscolo Oltrogge Geldart Molerus
€=0.4, £=0.53 / ,
10 i’ n /

Density difference (p,-py) (g/cm°)

0.1 ety

10 100

1000

Mean particle size d, (um)

Figure 2. Powder classification for fluidization by air.
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are such that the propagation velocity of a voidage disturb-
ance reaches the velocity of elastic waves in the bed. In some
respects this idea is analogous to the condition of a pro-
jectible reaching the velocity of sound in a fluid. Thus, for
voidage propagation velocities smaller than the elastic wave
velocity, u, <u,, disturbances will be accommodated in an
essentially homogeneous manner, whereas for u, > u,, this is
no longer possible and bubbles are formed. This reasoning
led to a relatively simple criterion for the instability or transi-
tion of Geldart A/B:

v V2
d —
M(u) <056n(1—€,)?el "1, (14)
Uy Pp

where €, is the voidage at which the transition from particu-
late to aggregative fluidization occurs. For cases of practical
interest, e, = €.,,,, Where ¢, is the voidage at the minimum
bubbling velocity. Foscolo and Gibilaro (1984) applied the
stability criterion given by Eq. 14 to define the boundary be-
tween powders that undergo a degree of particulate expan-
sion (U, > Up,¢) When fluidized by air and those that do not
(umb = l“Imf)'

Equation 14 is dependent on the terminal velocity of a sin-
gle particle, the Reynolds number, Re,=(p;d,u,/u), and n,
which comes from the Richardson-Zaki equation (Richard-
son and Zaki, 1954). The terminal velocity u, can be ob-
tained from Eq. 2 if the drag coefficient, Cp, is known. The
drag coefficient is described as Cp = 24/Re, for Re, < 0.1 (for
engineering purposes, it is often used up to Re, < 2.0), Cp =
18.5/Re® for 2 < Re, <5x10? and Cp = 0.44 for 5x102 <
Re, < 2x10° (Schlichting, 1979). For different Re, regimes,
u; and n can be expressed mathematically by equations in
Table 1 (assuming the particle size is much smaller than the
diameter of the fluidized bed, d,/D, = 0).

Inserting the physical properties of air and letting €, = 0.35,
corresponding to the practical minimum value of ¢, for
spherical particles into Eq. 14, the boundary dividing group
A/B powders for conventional gas—solid fluidized beds is ob-
tained and plotted in Figure 2. The curve is in good agree-
ment with the result of Oltrogge (1972), given in Geldart’s

1973 article, based on an equation suggested by Verloop and
Heerjes (1970), but modified empirically to fit his experimen-
tal data. Also shown in Figure 2 are the transition curves
between group A/B given by Molerus (1982) for soft and hard
particles.

Criterion for the transition between group B and group D
particles

Molerus (1982) gave a simple criterion for the transition
from group B to group D powders, assuming that the transi-
tion occurs with coarse-grained particles at Re > 1. From the
nondimensional representation of the drag exerted on the
particles in the high Reynolds number regime, experimental
data have shown that the Euler number can be taken to be
constant for a given porosity. In particular, at minimum flu-
idization:

4 dp( Pp— pf)gér%f

Eu =— = constant. 15
ms P U (15
With e, = 0.5, €2;=0.25, Eu,; =5,
d _
p(Pp—ZPf)g ~15. (16)
PrUms

According to Molerus, this result has a simple physical
meaning. With high Reynolds number and therefore domi-
nance of the inertia forces in comparison with viscous forces,
the dynamic pressure of the fluid, p;uZ;, must exceed a cer-
tain value with onset of fluidization in comparison with the
particles’ weight minus buoyancy. From that consideration, it
is reasonable to assume that such systems tend to spout for
which the dynamic pressure of the fluid exceeds a critical
value p;u2,; = constant, so that with onset of fluidization Eq.
16 can be written as

d,( pp — pr) g = constant. (17)

Table 1. Equations to Calculate n and u, for Different Re,

Re, n Ug
d d2(p, — ps) g
Re, < 0.2 n=4.65+20( - | ~4.65 U= S
D, 18u
d,\] d2(py — p) g
0.2 <Re <10 n=|435+175) =2 | |Re[ 0% = 4.35Re; 003 u =2
D, /| 18
d,\] d2(p,— ps)yg
1.0 < Re; < 2.0 n=|4.45+18[ = | |Re; °* = 4.45Re; O u = "7
D, 18
d T dl'lA[( p—p )9]0.71
2.0 < Re, < 200 n=|4.45+18| - | |Re; *! = 4.45Re; ** u =0153—2 —°P DTS
¢ D t t t 0.43 0.29
t) | M P
dE [y — pgl""
200 < Re, < 500 n=4.4Re; °! u = 015322
P
dpCpp — ey "
Re, > 500 n=239 U= 1.74[L}
Ps

1026 May 2001 Vol. 47, No. 5

AIChE Journal



Using the experimental data by Mathur (1971), the final
result for the transition of group B to group D particles from
Eq. 17 is obtained as

do(pp— p)g =153 N/m?. (18)

This result is plotted in Figure 2 and agrees well with the
experimental data reported by Geldart (1973). However, it
should be noted that for smaller Reynolds numbers, for ex-
ample, Re =1, Eu,,; is no longer constant, and therefore Eq.
18 may not apply.

Powder Classification in a Centrifugal Field

Here we will extend the results presented in the previous
section for the classification of powders in gravity-driven flu-
idized beds to apply to fluidized beds in a centrifugal field,
that is, in rotating fluidized beds (RFB).

Criterion for the transition between group A and group C
particles

Equation 13 is our semitheoretical result for the transition
from group A to group C particles. The g in the equation
refers to the gravitational acceleration acting on the particles.
In a centrifugal field, g will be replaced by the centrifugal
acceleration, a, which will be given in nondimensional form
as “g”=a/9.8 m/s?).

Figure 3 shows the calculated boundary for the transition
of group A and C particles at 1 “g,” 10 “g,” 100 “g,” and
1,000 “g.” It shows that the boundary curve shifts to the left
with increasing ““g.” It can be seen, for example, that particles
exist (of specific size and density) that belong to group C at 1
g,” but belong to group A at 10 “g.” The figure also shows
that it should be possible to fluidize some group C particles
without agglomeration in a centrifugal field, depending on
the value of “g.”

Density difference (p,-py) (g/cm®)

1 10 100
Mean particle size d; (um)

Figure 3. Group A/C transition for fluidization by air at
different ** g.”
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Figure 4. Group A/B transition for fluidization by air at
different *“ g.”

Criterion for transition between group A and B particles

Equation 15, suggested by Foscolo and Gibilaro (1984), is
also seen to be dependent on the gravitational acceleration.
In a centrifugal field, the gravitational acceleration is re-
placed by the centrifugal acceleration and Eq. 14 can be
modified accordingly. Figure 4 shows the calculated bound-
ary transition curves for group A and B particles at 1 “g,” 10
“g,” 100 “g,”and 1,000 “g.” It shows that the boundary curve
shifts to the left with increasing “g.” Thus, if group A parti-
cles can shift to group B in a centrifugal field and the addi-
tional centrifugal force (above 1 “g” ) will reduce the flu-
idization quality for group A particles.

Criterion for transition between group B and D particles

Equation 18 suggested by Molerus (1982) is used to calcu-
late the transition from group B/D in a centrifugal field. Fig-
ure 5 shows the calculated boundary transition curves for
group B/D at different “g.” Therefore, group B particles can
shift to group D, which are not easy to fluidize and tend to
spout in a conventional fluidized bed. Figure 5 also shows
that group D particles can shift to group B or even to group
A if “g”is less than unity. Thus, by decreasing ““g,” group B
particles can shift to group A, and group D particles can shift
to group B or to group A. Group D particles are large or
dense and are difficult to fluidize. However, if they shift to
group B or A, the fluidization quality of group D particles
will be improved. This effect can be achieved by fluidization
under microgravity conditions such as fluidizing particles on
the moon, or by applying an external force, such as a mag-
netic or electric field to balance the gravity force.

Experiments

In order to test the ideas and equations developed for the
classification of powders in a centrifugal field presented ear-
lier, a series of experiments was performed in a rotating flu-
idized bed where the centrifugal acceleration could be varied
from 7 “g” to over 200 “g.”
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Density difference (p,-py) (g/cm°)

0.1
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Figure 5. Group B/D transition for fluidization by air at
different *“ g.”

Rotating fluidized bed

Unlike in a conventional gravity-driven fluidized bed, where
the distributor is situated horizontally, in an RFB the distrib-
utor is a cylinder, either horizontal or vertical, that rotates
around its axis of symmetry. Figure 6 is a schematic diagram
of a horizontal RFB. Particles inside the distributor are forced
to the wall due to the large centrifugal forces produced by
the rotation. Instead of having a fixed gravitational field as in
a conventional fluidized bed, the centrifugal force, that is,
acceleration, becomes an adjustable parameter that is deter-
mined by the rotational speed and the bed radius. Thus in a
rotating fluidized bed, the minimum fluidization velocity in-
creases as the rotating speed is increased so that bubble for-
mation can be avoided even at very high flow rates, resulting
in improved gas—solid contact.

Inlet Tube

Gas *

Housing Cylinder

N\

Distributor

Outlet Tube

<

Gas

.

Particles

Figure 6. Rotating fluidized bed.
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Rotating fluidized beds have been studied both theoreti-
cally and experimentally for many years (see, for example,
Levy et al., 1978, 1981; Kroger et al., 1980; Fan et al., 1985;
Kao et al., 1987; Chen, 1987; Qian et al., 1998, 1999). The
theoretical analysis by Chen (1987) is based on local momen-
tum balances. Unlike previous theories, the voidage of the
particle bed is allowed to vary so that the transition from a
packed to a fluidized bed can be easily followed and the flu-
idizing condition is clearly defined. In his analysis, Chen as-
sumed that the slip velocity between the two phases is equiv-
alent to the gas velocity and that the particles rotate as a
solid body. Chen was also the first to point out that rotating
fluidized beds, unlike conventional fluidized beds, fluidize
layer by layer, from the inner surface outward as the gas ve-
locity is increased. The theory also predicts that the pressure
drop should reach a plateau beyond the critical fluidization
velocity when the entire bed is fluidized.

We have previously investigated the nature of fluidization
and discussed novel applications of rotating fluidized beds,
for example, as dust filters or as catalytic reactors for the
cleanup of diesel exhaust (Qian et al., 1998, 1999). Depend-
ing on the application and the aerosol to be treated, the size
and composition of bed particles may vary widely. For
example, for the treatment of diesel exhaust we have used
larger (~ 80 um) granules of zeolite catalyst mixed with sil-
ica/alumina and are now investigating the use of much smaller
(~5 um) catalyst particles.

Experimental system

The experimental system used in our research is shown in
Figure 7. Dry compressed air was fed to the RFB through a
bank of calibrated rotameters. A variable-speed motor pro-
vided rotating speeds between 0 and 5,000 rpm. The metal
distributor (manufactured by Pall Corporation) was com-
posed of sintered 316 low-carbon stainless-steel powder with
an average pore size of 55 um. Its length was 15.2 cm, with
an inner radius (the same as the outer radius of the bed) of
6.15 cm. Plexiglas end plates were used so that the bed and
bed surface could be observed by eye or by a high-resolution
digital camera.

The rotating speed of the RFB was set at 325, 525, 700,
900, 1,200 1,600 and 2,000 rpm (34, 55, 73, 94, 126, 167 and
209 rad/s), which is equivalent to a centrifugal acceleration
of 7, 19, 34, 56, 100, 178 and 278 *g,” respectively. The strobe

8
II’OboS COp R
el .

Camera

Horizontal Rotating
Fluidized Bed

S

™~ Sintered Metal

Computer

Distributor
Housing with
Tangential
Inlet

Figure 7. Experimental system.
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frequency was set to match the rotational frequency of the
bed so that any macroscopic bubbles present could be ob-
served. The pressure drop as a function of gas velocity and
rotating speed was measured using a U-tube water manome-
ter. Before loading particles into the bed, the pressure drop
of the distributor of the empty bed was also measured and
then subtracted from the measured pressure drop of the bed
loaded with particles.

Our experiments were conducted with Geldart A and C
particles, with properties liested in Table 2. The bed material
consisted of glass beads provided by MO-SCI Corporation
and alumina provided by the Alcoa Technical Center. The
particle-size distribution for all of these particles was mea-
sured using an Aerosizer (Amherst Process Instruments, Inc.);
typical reuslts are shown in Figure 8. The fresh alumina has a
broad size distribution with many fines; washed alumina has
far fewer fines. The glass beads have a much narrower size
distribution than the alumina particles and a higher density.
The 7-micron alumina particles, due to their small size, be-
long to Geldart group C; all the others belong to Geldart
group A.

Experimental results

Experiments were conducted by measuring the pressure
drop of the bed as a function of gas velocity and rotating
speed. Visual observations of the minimum fluidization and
minimum bubbling velocity, and the quality of fluidization
were made by eye and by high-resolution photography.

Group A Particles. The most easily observed difference
between powders in groups A and B is whether or not the

1.00

Table 2. Particle Properties

Particle Mean Part. Mean Part.

Dens. Dia. by Dia. by Geldart

Particle (kg/m®)  Vol.(um) No.(um)  Group
Glass beads 2,450 82 75 A
Washed alumina 1,550 89 28 A
Fresh alumina 1,550 63 4 A
Q-705 alumina 1,320 68 48 A
7-pwm alumina 1,470 7 2 C

bed bubbles at or very close to minimum fluidization. The
minimum bubbling velocity is defined as the gas velocity when
bubbles are first observed. At low gas flow rate the bed is in
the packed-bed regime. As the gas velocity is increased, the
inner surface begins to fluidize (Qian et al., 1998). The inner
surface fluidizes first because at that point the gas velocity in
the bed is highest and the centrifugal force is lowest. The
velocity at which fluidization occurs at the inner surface is
called the inner surface fluidization velocity, (U,;). After
U..s; is reached, bubbles are first observed. Figure 9 shows
the pressure drop for a 0.5-kg charge of washed alumina par-
ticles as a function of the gas flow rate at different rotating
speeds. At rotating speeds greater than 325 rpm, the mini-
mum bubbling velocity, U,,,,, was observed before the critical
minimum fluidization velocity (U.;.) was reached, that is,
when the entire bed has fluidized. At the rotating speed of
325 rpm, the values of U,,,,, Ui, and U, are practically the
same.

Similar experiments have been conducted using Q-705 alu-
mina particles and glass beads. Figures 10 and 11 show the
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080 1 ____Q-705 Alumina
—-=-7- um Alumina
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Figure 8. Particle-size distribution.
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Figure 9. Pressure drop due to a 0.5-kg charge of
washed alumina particles as a function of flow
rate at 325, 525, 700 and 900 rpm.

pressure drop for a 0.5-kg charge of Q-705 alumina particles
and 0.5-kg charge of glass beads, respectively, as a function
of flow rate at different rotating speeds. As seen in the fig-
ures, the results are very close to those obtained using the
washed alumina.
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Figure 10. Pressure drop due to a 0.5-kg charge of
Q-705 alumina particles as a function of flow
rate at 325, 525, 700 and 900 rpm.
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Figure 11. Pressure drop due to a 0.5-kg charge of glass
beads as a function of flow rate at 325, 525,
and 700 rpm.

The preceding experiments indicate that in all cases U,;
and U, are very close or practicaly equal. Here U, ; is the
average of U, and U, . In Figure 4, we have marked the
mean size and density of the particles used in each of the
previous experiments. According to the figure, for all of our
centrifugal accelerations (*“g”), the particles behave as Gel-
dart group B. However, in Geldart’s classification, for a grav-
ity-driven bed, these particles should behave as group A. Thus
our experiments imply that group A particles can shift to
group B in a centrifugal field.

Effect of Fines. Geldart and Abrahamsen (1980) studied
the effect of fines on the behavior of conventional gas-fluid-
ized beds. They found that the presence of a small mass frac-
tion of fines below 45 um strongly affects and increases the
ratio U,,,/Un¢. Using fresh alumina particles, which contain
significant fines below 45 um, we measured the pressure drop
of the bed and observed the onset of bubbling, U,,,. Figure
12 shows the pressure drop for a 0.5-kg charge of fresh alu-
mina particles as a function of flow rate at different rotating
speeds. It is clear, especially at the higher rotating speeds,
that U, is higher than U,. Thus the presence of fines
causes the powder to exhibit group A behavior even in the
presence of the centrifugal field.

Fluidization of Group C Particles. The ability to fluidize
group C particles is potentially significant because of the
rapidly growing need for using ultrafine particles in industrial
applications. There are two basic methods to improve the flu-
idization quality of fine cohesive group G particles. One is by
application of an external force, such as vibration or from a
magnetic, electric, or acoustic field. The other is by altering
the intrinsic properties of the particles, for example, modify-
ing their surface characteristics or mixing them with other
particles having different size or shape (Wang et al., 1998;
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Figure 12. Pressure drop due to a 0.5-kg fresh alumina
particles charge as a function of flow rate at
325, 525, 700 and 900 rpm.

Mori et al., 1992; Chirone et al., 1992; Zhu et al., 1994; Tung
et al., 1989). From the theoretical analysis presented earlier,
we have shown that group C particles can shift to group A in
a centrifugal field and thus can be more easily fluidized. This
is a new approach to improving the fluidization quality of
fine particles and requires experimental verification.

We therefore carried out experiments in our rotating flu-
idized bed using 7-um Geldart group C alumina particles.
These particles normally tend to agglomerate. In our experi-
ments, a 0.3-kg charge of the 7-um alumina particles was
loaded into the RFB. The rotating speeds were set at 325,
525, 700, 900, 1,200, 1,600 and 2,000 rpm, equivalent to 7, 19,
34, 56, 100, 178 and 278 ‘‘g,” respectively. At each rotating
speed, the pressure drop of the bed was measured as a func-
tion of gas flow rate. The strobe frequency was set to match
the rotational frequency of the bed, and the bed condition
was observed by eye.

Figure 13 shows the measured pressure drop in the bed as
a function of flow rate at different rotating speeds. Figure 14
summarizes our observations of the bed condition corre-
sponding to the last data point at each rotating speed shown
in Figure 13.

At 325 rpm (7 “g”) and 525 rpm (19 “g’), the particles are
observed to be agglomerated and the bed surface is nonuni-
form. At higher gas velocity, the gas passes through large reg-
ular channels, which are somewhat smaller at higher rpm.
This is a normal observation for group C particles in a con-
ventional fluidized bed. The pressure drop increases with gas
velocity in the packed-bed regime until the pressure drop
curve reaches a plateau due to channeling.

At 700 rpm (34 “g’), the particles appear to have deag-
glomerated in the bed, although the bed surface is still not
completely uniform. At higher gas velocity, very small chan-
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Figure 13. Pressure drop due to a 0.3-kg charge of 7
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Figure 14. Visual observation of the powder in the RFB
corresponding to the data point at the high-
est velocity shown in Figure 13.

May 2001 Vol. 47, No. 5 1031



nels could still be observed. It is hard to say whether the
particle behavior belongs to group C or group A.

At 900 rpm (56 “g’) the particles have totally deagglomer-
ated and the bed surface is uniform. At higher gas velocity,
the particles behave like group A or B particles and the bed
appears uniformly fluidized without channeling, as illustrated
in Figure 14d. Distinguishing between group A and group B
behavior in these experiments is difficult. The essential dif-
ference is whether there exists an interval of gas velocity in
which the bed is fully fluidized, but not bubbling. This deter-
mination requires careful visual observation and can involve
some ambiguity. It is especially difficult if the difference be-
tween U,,; and U, is small. For this reason we have labeled
as AB the region in which either group A or group B behav-
ior would be expected.

In Figure 13 the pressure drop increases with gas velocity
in the packed-bed regime and goes to a plateau after mini-
mum fluidization is reached. Thus, between 700 and 900 rpm,
the particles shift from group C to group A or B (region AB)
behavior.

At 1,200 rpm (100 *“g’) and 1,600 rpm (178 “g’), the bed
surface is very uniform in the packed-bed regime because of
the high rotating speed. The pressure drop increases steadily,
then, as the gas flow is further increased, it decreases sud-
denly. At this point, a “rat-hole” is observed inside the bed.
The gas passes through the rat-hole instead of flowing be-
tween the particles. The difference between operating at 1,200
rpm and 1,600 rpm is that the rat-hole size at 1,600 rpm is
larger than that at 1,200 rpm. The gas velocity, at which the
pressure drop suddenly falls due to the formation of the rat-
hole at 1,600 rpm, is higher than that at 1,200 rpm. Similarly,
the rat-hole size at 2,000 rpm (278 ““g”) is even larger than at
1,600 rpm and the corresponding gas velocity, when the pres-
sure drop suddenly falls, is higher. These results indicate that
the particles are not easy to fluidize at high centrifugal force.
It should be noted at that at very high rpm the pressure drop
curve looks like that obtained for group D particles rather
than for group A and B particles.

10 - Eq. (13) Eq. (14)
[ WO . (AB)
(c=0.35) Eq. (18)
" (B/D) R

Density difference (py-py (g/cm®)

Figure 15. Powder classification for fluidization by air at

1032

Mean particle size d,, (pm)

56 g."

May 2001 Vol. 47, No. 5

10— Eq.(13) Eq.(14)
. £q (18) WC)  (A/B)
(B/D) :

7 pm Al,0,4

-
4+

Density difference (p,-py, (g/cm®)

Mean particle size d, (um)

Figure 16. Powder classification for fluidization by air at
278 * g.”

Since the voidage in the bed is probably lower than 0.4 due
to the centrifugal field (Mutsers et al., 1977b), we used a
voidage of 0.35 for the transition curve between group A and
C. Figure 15 shows that we can see that the transition bound-
ary between group B/D has shifted further to the left than
the transition boundary between group A/B. Thus there is
no transition between group A and B at high *“g.” Therefore,
the 7-um alumina group C particles shift directly into region
AB. In Figure 16, which shows the results at a rotating speed
of 2,000 rpm (278 “g”), the 7-um alumina particles have
shifted from group C to group D. This observation is con-
sistent with our inability to obtain good fluidization of the
7-um alumina particles at rotating speeds of 1,200 (100 “g"),
1,600 (178 “g") and 2,000 rpm (278 “g"). We note, however,
that although the transition curve (region AB to D) was de-
rived by Molerus (1982) for Re> 1, our experimental data
were obtained at Re = 1.

Discussion

It is clear from both our theoretical analyses and our ex-
perimental results in the RFB that Geldart’s powder classifi-
cation cannot be used in centrifugal fields without modifica-
tion to take into account gravity forces greater than 1 “g.” As
discussed in lwadate and Horio (1998), cohesive group C par-
ticles can only be fluidized in the form of agglomerates. They
define this type of fluidization as “‘agglomerating fluidization.”
Agglomerating fluidization is not easy to achieve because of
plug formation or channeling in the bed. It should be noted
that Eq. 13, which we have used for the transition between
group A and C particles, is based on the assumption that
group C particles cannot be fluidized individually and group
A particles can. Thus the essential characteristic of group C
particles is that they are in the agglomerating fluidization
regime.

The major difference between group A and B particles is
whether bubbles appear at the minimum fluidization velocity
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or after the minimum fluidization velocity is reached. For both
groups relatively stable fluidization is obtained. Thus both
group A and B particles give rise to stable fluidization.

Geldart (1973) obtained an equation for the transition of
group B to group D by calculating the density/particle-size
combination of powders in which bubbles less than a given
size would rise more slowly than the interstitial gas velocity.
He chose a very large bubble size (25 cm) in his calculation.
Molerus (1982) developed his semiempirical equation for the
transition between group B and D from spouted-bed data.
Beds exhibiting very large bubbles or spouted bed are both
unstable fluidized beds. Thus group D particles exhibit unsta-
ble fluidization.

Based on the definitions given previously, we can rear-
range Egs. 13 and 18 to give

¢ Al 6 1 1 ’
(Po= P g g = 2a5 7d? (e *5—¢) 98 (19)

g 153 1 20
(pp_pf)glg - d 98' ( )

p

where /9.8 represents the dimensionless strength of the
centrifugal field (“g”). As already pointed out earlier, Eq. 20
was derived based on the assumption that Re > 1.

If we plot the lefthand side of Egs. 19 and 20 as the ordi-
nate and d, as the abscissa, we obtain Figure 17. This figure
shows the effect of different *“g” conditions, such as that on
the earth, on the moon, in a centrifugal field, and in deep
space on the powder classification chart. We have taken the
gravity on the moon to be 0.17 times that of the earth. Here
we are assuming that particles in group A and B (region AB)
will result in stable fluidization. Thus, if we choose particles
of density 1 g/cm?, the figure indicates that particles between
60 and 10,000 wm would achieve stable fluidization on the
moon, whereas particles between 30 and 1,500 wm would
achieve stable fluidization on the earth. For rotating flu-
idized beds, the figure shows that it will be difficult to achieve
stable fluidization at over 100 “g” except in a very narrow
particle-size range.

The figure also shows our experimental data for 7-um alu-
mina, washed alumina, glass beads, and Q-705 alumina. The
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Figure 17. Powder classification for fluidization by air at
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observed fluidization behavior for these particles is indicated
by the symbol type, as shown in the figure. The 7-um alu-
mina data appear to be consistent with the transition curves,
even though Re =1 . The lower two data points exhibit group
C behavior, the middle two represent stable fluidization (AB),
and the upper two show group-D-like behavior.

In all experiments conducted with larger particles (60 ~ 90
um), stable fluidization (AB) was achieved even though many
of the experimental data points fall above the AB/D transi-
tion curve. Again for these experiments typical Reynolds
numbers are on the order of unity, for which the AB/D tran-
sition curve drawn in the figure may not apply.

Therefore further investigation of the AB/D transition in
rotating fluidized beds is needed.
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Notation

a=acceleration, m/s?
A =Hamaker constant, J (for most solids, A=10"19 J)
Cp =drag coefficient
d; =diameter of particle i (i=1, 2), m
d, =particle diameter, m
D, =bed diameter, m
Eu,,; =Euler number at minimum fluidization, defined by Eq. 15
F. = cohesive force, N
Fy4 =drag force on a single isolated particle, N
F4. =drag force on a single particle falling at its terminal velocity,
N

F4e =drag force on a single particle in a fluidized bed, N
g = gravitational acceleration, m/s?
“g”=dimensionless acceleration, “g”= a/9.8 m/s?)
| =diameter of asperities, um
n =exponent in Richardson-Zaki equation
Re = particle Reynolds number Re = ( p; dpu/e,u)
Re, =Reynolds number for unhindered settling particle Re, =
Cpy/dyuy/p)
u, Yy =superFiciaI gas velocity, m/s
u,, =maximum gas velocity before particles blow out, m/s
u, = particle terminal velocity, m/s
U+ =minimum fluidization velocity, m/s
U,,p =minimum bubbling velocity, m/s
U, ¢ =critical minimum fluidization velocity, m/s
Ui =inner surface minimum fluidization velocity, m/s
W, =buoyancy force, N
W, = effective weight of particle, N
W, =weight of particle, N

Greek letters

AP =pressure drop across the bed, Pa
e =voidage
€, =Vvoidage at the transition from particulate to aggregative flu-
idization
€np, = Voidage at minimum bubbling condition
€n¢ =Voidage at minimum fluidization condition
w =fluid viscosity, Pa-s
pa =density of “suspension,” kg/m*
ps =gas density, kg/m?®
p, = particle density, kg/m?
o =distance between two particles, nm
w =rotating speed, rad/s
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